NOTATION

Co = average concentration of the tracer, defined as
the molal flow rate of tracer divided by total flow
rate of water, moles/cm?

Ci; = tracer concentration in annular ring (3, j), moles/
cm?®
Cin = tracer concentration in annular ring i at bed

depth n (=L/d,), moles/cm3

Cm+1,; = concentration of tracer in the wall flow, moles/
cm?®

Cex = experimental tracer concentration in section k of
collector, moles/cm3

Cry = predicted tracer concentration in section k of col-
lector, moles/cm?®
k = identification of section in collector, that is, k =

LI, I
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The Design of Gas Sparged Devices
for Viscous Liquid Systems

Design procedures for gas sparged contactors for both low and high vis-
cosity liquids were developed to predict overall k;a. Bubble size close to the
orifice, for moderately high gas rates, was found to increase at a rate propor-
tional to one third power of gas rate and one tenth power of liquid viscosity.
Bubble breakup phenomenon was shown to be related to liquid turbulence
in the vessel rather than gas turbulence in the orifice. Procedures were de-
veloped through a simple liquid circulation model to obtain a criterion for
the onset of bubble breakup. Results indicate that intense liquid mixing and
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high interfacial area can be achieved in low viscosity liquids by gas sparging
alone. In high viscosity fluids, bubble breakup was not observed. The liquid
circulation model predicts laminar flow at these experimental conditions over

the complete range of gas rates observed.

SCOPE

Simple and useful procedures for designing gas-liquid
contactors for a highly viscous liquid phase are not avail-
able. Some procedures exist for low viscosity liquids, but
previous investigations of gas sparging in high viscosity
liquids were restricted to the study of bubble formation at
low gas rates near the orifice. No studies have been re-
ported on bubble breakup phenomena at commercial scale
gas rates, in either high or low viscosity systems. The hy-
pothesis reported in the literature, that gas turbulence

in the orifice can be correlated with bubble breakup and
increased interfacial area, was found to fail when liquid
viscosity was increased. A design procedure to predict bub-
ble diameters as a function of gas rate, orifice diameter,
and liquid viscosity for moderately high gas rates needs to
be developed which is simple enough for practical use.
A mechanistic model to study the bubble breakup phe-
nomena in the commercial scale gas rate range for both
low and high viscosity liquids also needs to be formulated
(based on liquid turbulence rather than gas turbulence).

CONCLUSIONS AND SIGNIFICANCE

It is important in the design and scale-up of gas-liquid
contactors to be able to predict mass transfer coefficients
and interfacial area per unit volume independently. Design
procedures for gas-liquid contactors for both low and high
viscosity liquids were developed to obtain liquid phase
mass transfer coefficient k; and interfacial area a to pre-
dict the overall k. a. Results of the liquid circulation model
indicate that bubble breakup, leading to higher interfacial

0001-1541-78-1142-0454-$01.55. © The American Institute of Chem-
ical Engineers, 1978.
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area, depends on the liquid turbulence in the vessel rather
than gas turbulence in the orifice.

Design procedures to predict both the mass transfer co-
efficient k;, and the interfacial area in gas sparged tanks
are presented. The procedures are valid for a wide range
of liquid viscosities and gas flow rates and show for the
first time the prime importance of liquid circulation and
turbulence. Inclusion of liquid circulation in the model
allow one to be more confident in the commercial scale
design.

The design procedures show that intense liquid mixing

AIChE Journal (Vol. 24, No. 3)



and high interfacial turbulence can be achieved in low
viscosity systems with reasonable gas rates and orifice
designs. As the viscosity of the liquid increases, the design

procedures show increasing difficulty in achieving inter-
facial areas of the magnitude needed in most systems using
gas sparging alone.

PREVIOUS WORK

Low Viscosity Liquids

An extensive literature exists on the formation of gas
bubbles from orifices or nozzles submerged in liquids with
viscosity of the order of 1 cp. There is good agreement
among various investigators measuring the bubble sizes
in the limit of very low gas flow rate. Agreement among
investigators and between theory and experiments for mod-
erately higher gas rates is rather poor.

Before we proceed, the nondimensional numbers used
in the previous work and the present analysis need to be
defined. Table 1 shows the various dimensionless groups
which will be referred to in our discussions. The orifice
Reynolds number Re, was used by Leibson et al. (1956)
and Davidson (1951), and it characterizes gas flow inside
the orifice. The bubble Reynolds number Rep was used by
Van Krevelen and Hoftijzer (1950) to differentiate be-
tween laminar and turbulent chain bubbling. The modified
orifice Reynolds number Re,;, orifice Froude number Fr,,
and liquid Reynolds number Rep are introduced in the
present work, and their significance will be made clear
in the later sections.

The region in the liquid phase in which experimental
and theoretical studies have been carried out needs to be
better defined. The liquid above the orifice can be divided
into two regions, I and II, as shown in Figure 1. Region 1
is that volume of the system in which the bubble prop-
erties are determined by the bubble formation process
at the orifice. This region is, in general, characterized by
larger bubble size, lower holdup, and nonuniform distribu-
tion of bubbles across the cross section of the vessel in
which there are multiple orifices. Region II is that voiume
in which bubble properties are determined by bulk liquid
motions, which cause bubble breakup and coalescence. Ex-
cept for the studies of Leibson et al. (1956) and the pres-
ent work, most of the existing data and correlations are
based on the studies in Region I. Miller (1974) based his
design procedure on the fact that there is a different bub-
ble size in each region, but his method of averaging using

Three distinct regimes of bubble formation, based on
gas flow rate, can be defined:

1. Very low gas rates. In this regime, bubbles of con-
stant volume are formed. The bubble size is a function
of orifice diameter, surface tension, and buoyancy. The
bubble grows until its buoyancy force exceeds the surface
tension force. A balance of. buoyancy and surface tension
forces yield the following relation for the bubble diameter:

6o d, 1/3
[
g(pL — pg)

Considerable experimental evidence for the validity of
this theoretical relation was obtained by Van Krevelen
and Hoftijzer (1950) and Datta et al. (1950). The limits
of this regime as derived by Van Krevelen and Hoftijzer
(1950) are

_ 031 [ otds?

(1)

1/3
] for Reg=1 (2)

HL gap
and
Sds e
0 =166 [ng‘fv ] for Rep>>1 (3)

Equations (2) and (3) are found to be in good agree-
ment with the experimental data.

2. Moderately high gas rates. With further increase in
gas rate, surface tension forces become negligible, and
bubble size is determined by a balance of buoyancy, in-
ertial, and viscous forces. In this regime, a mass balance
results in the relation

Q=—=ds*f (4)

If the frequency f remains constant, the relation between
bubble size and gas rate can be obtained as follows:

dg = [const.] Q1/3 (3)

Davidson (1951) obtained the following correlation for
bubble diameter using orifices ranging in diameter from
0.001 to 0.01 m:

a geometric mean may not be suitable. dp = 0.19 d % Re,%% (6)
TasLe 1
Nondimensional number Definition Critical values Region of significance
4 Laminar flow Re, = < 2 000
Orifice Reynolds number Re, = Qe aminar fow fieo = < Gas flow inside the orifice
wdo 1G Turbulent flow Re, > 2 000
Modified orifice Reynolds 40 p1. Gas flow with respect to liquid
number Reor = properties
mlo KL
U ’ regime R 1
Bubble Reynolds number Rep = M Stokes’ regime Hes < Bubble motion in liquids
BL Taylor’s regime Reg >> 1
Reynolds number of liquid prBLd Laminar flow Rey, < 2 000 L . .
circulation Rey, = ” Turbulent flow Reg, > 2 000 Liquid motion above the orifice
b iqui 2
Wiiriiﬁgser of liquid Wer = prcid Liquid flow above the orifice
Orifice Froude number Fro = -%— Gas flow inside the orifice
8
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Leibson et al. (1956) measured the bubble sizes for the
orifices ranging in diameter from 0.0004 to 0.0032 m and
obtained the following correlation, which is in good agree-
ment with Equation (6):

ds = 0.18 d,1/2 Re,'/3 for Re, <2000  (7)

A comparison of Equations (6) and (7) with Equation (4)
suggests that frequency of bubble formation remains con-
stant in this regime. Van Krevelen and Hoftijzer (1950)
divided this regime into laminar and turbulent chain bub-
bling, based on the bubble Reynolds number Rep. They
derived the relation between bubble diameter and gas
rate by starting with the mass balance relationship (4).
If bubbles move in a continuous chain

f= Usg/dg (8)

By substituting for bubble rise velocity U, from Stokes’
relation or Taylor’s relation, they obtained

oy 1/4
dg = 3.22 [—-— ] QU4 for Reg<1 (9)
g Ap

and

ds = 2.35 [ PL

1/5
/5 for R 10
1_rngp] Q? or Repg>>1 (10)

Equations (9) and (10) describe a variable frequency of
formation process unlike Equations (6) and (7), in which
the frequency is found to be constant. In his design pro-
cedure, Miller (1974) uses Equations (9) and (10) for
obtaining bubble size in region I.

Davidson and Schuler (1960a) derived the following
equation for bubble diameter from a balance between
buoyancy and inertial forces and neglecting the forces
due to surface tension and viscosity:

dg = 111 Q¥/5/gi/5 (11)

This equation was found to be in good agreement with
the experimental data at low gas rates (Q < 3 X 1078
m®/s). For higher gas rates, they have derived an im-
plicit equation which accounts for the residual volume
that forms the succeeding bubble. This relation was found
to deviate considerably from the experimental data at
higher gas rates. Kumar and Kuloor (1970) developed a
two-stage model with an expansion stage and a detach-
ment stage. They found better agreement of their model
with the experimental data of Davidson and Schuler
(1960a).

8. Very high gas rates. This regime follows the con-
stant frequency regime, with increasing gas rates. At high
gas rates, observations in region I indicate that bubble size
continues to increase near the orifice with the formation
of an apparent gas jet. The jet grows in size with the en-
trainment of surrounding liquid. Abramovich (1963) ana-
lyzed an air-water jet and derived a relation between jet
diameter and distance from the orifice. In region II, bubble
size is always found to decrease owing to breakup of bigger
bubbles found in region I. Ultimately, at very high gas
rates, bubble size in region II is found to remain constant
owing to an equilibrium which is established between the
breakup and coalescence processes. Leibson et al. (1956)
described this regime as one where the gas rate is suffi-
ciently high for the onset of bubble breakup, which they
found to correspond to Re, > 2 000. This criterion as-
sumes that bubble breakup is due to the gas turbulence in
the orifice. For Re, > 10 000, they found the mean bubble
diameter to be weakly dependent on gas rate and given by

dpg = 0.71 X 10-2 X Re~0.05 (12)
It should be noted that the laminar, (Re, < 2000) and
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turbulent (Re, > 2 000) regimes of Leibson et al. (1956)
are based on laminar and turbulent flows of gas inside the
orifice, and that the bubble breakup criteria for region
II based on gas turbulence in the orifice were developed
from a study of low viscosity liquids. It will be shown
later that bubble breakup in high viscosity liquids is not
related to gas turbulence in the orifice. It will also be
shown that, in general, for both high and low viscosity
liquids, bubble breakup is related to liquid turbulence in
the vessel rather than gas turbulence in the orifice.

High Viscosity Liquids

All the previous studies with high viscosity liquids were
in region I. Despite significant theoretical and experimental
studies on gas bubbling in low viscosity liquids, there is
very little information available for predicting bubble size
in high viscosity liquids, and no work is reported on bubble
breakup phenomena. Davidson and Schuler (1960b) stud-
ied bubble formation in liquids of high viscosity (0.5 to
1.04 N's/m?) in region I and found good agreement be-
tween their theory and experiments over a range of gas
rates 0 to 5 X 10~% m?®/s. For small gas rates, they ob-
tained the following theoretical expression, from a balance
between buoyancy and viscous forces:

dB _ (%)1/3 (%)1/12[%—5]1/4 (13)

This relation was tested for an orifice diameter of 6.68 X
10~* m, liquid viscosity ranging from 0.5 to 1.05 N's/m?,
and gas rate ranging from 0 to 2.5 X 107% m3/s. For
higher flow rates, they did not obtain an explicit relation-
ship but model predictions indicate much weaker depen-
dency on the viscosity. Ramaknishnan et al. (1969) also
studied the effect of viscosity on bubble formation both
theoretically and experimentally, finding good agreement
over a range of gas rates 0 to 6 X 107% m%/s, orifice diam-
eters 0.0037 to 0.007 m, and viscosity 0.04 to 0.5 Ns/m?
But, as before, explicit relations between bubble diameters
and viscosity were not obtained. Kumar and Kuloor (1970)
reviewed various bubble formation studies and discussed
the effects of viscosity in light of the above-mentioned
studies. Thus, experimental and theoretical studies in high
viscosity liquids were restricted to low and moderately
high gas rates. Information on bubble behavior at very
high gas rates is not available. The theoretical relations
were implicit and very difficult to use.

EXPERIMENTAL ANALYSIS

Description of Experiments

A schematic flow diagram of experimental equipment is
shown in Figure 2. Air was supplied from a compressed air
cylinder (A), and its pressure is reduced to 60 Ib/in.2
gauge by a pressure regulating valve (B). A long section
of polyethylene tubing was used to connect the gas supply
to the vertical nozzle (D), via a control valve (C). The
liquid was contained in a transparent Plexiglas column of
height 1.00 m and side 0.15 m. Air leaving the column
was metered using a wet test meter (F). Liquids used in
the experiments were water and aqueous solutions of car-
bopol. The rheological parameters of carbopol based on
pseudoplastic power law model are shown in Table 2. The
density and surface tension of all the liquids used were
1000 Kg/m® and 72.0 X 1073 N/m, respectively. The
diameters of nozzles used were 0.0008, 0.0011, and 0.002
m. Bubble sizes were measured photographically, To ob-
tain bubble sizes in regions I and II, photographs were
taken at two locations in the column within 0.1 m from
the nozzle and at about 0.8 m from the nozzle.
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Region I1

Region 1 HI

Fig. 1. Regions | and II.

TaBLE 2
Weight % of Hap®
Carbopol n K (poise)

0.10 0.83 0.48 0.3 ~0.34
0.15 0.59 6.60 2~3
0.20 0.38 25.00 6~7

Up Pt

°[Lap=K[—] [1 + Xpl
ds

Results. The measured bubble sizes as a function of gas
rate and viscosity for region I are shown in Figure 3. These
data were obtained by using orifices of diameters as given
above over a range of gas rates from 1076 to 2 X 10—*
m3/s. Bubble diameter was found to increase at a rate pro-
portional to one third power of gas rate, one tenth power of
apparent viscosity and found to be essentially independent
of orifice diameter. Figure 4 shows the bubble diameter ob-
tained in region II as a function of gas rate and weight
percent of carbopol. It can be seen that in the case of
water and 0.19, carbopol, the bubble diameter increases
at a rate proportional to one third power of gas rate and

2
10 — ' T T T
1 o Water 4
10 |
~ [ 0.10% Coarbopol
e a  0.15% Carbopol
z a  0.20% Carbopol
£
o
-
° 4
10° |2
IO_\ ). L 1 1
10 i0' 10 10 10 10

3
@ (m’/sec) x 10

Fig. 3. Bubble diameter vs. gas rate in region |,
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A- Air Supply E - Liquid Container

B - Pressure Regulating F - Wet Test Meter

Valve G - Air Outlet
C - Valve
D - Nozzle

Fig. 2. Experimental setup.

then decreases with further increase in gas rate. In the
case of 0.15 and 0.2% carbopol solutions, bubble size is
not found to decrease even when the gas rate is increased
to 2 X 10~* m3/s (Re, = 1.8 X 10%). It can be seen that
onset of bubble breakup does not occur in high viscosity
liquids even for Re, >> 2 000. The data presented in this
section and the work of previous investigators will be ana-
lyzed in the following sections for both regions I and II,
as defined before in Figure 1.

ANALYSIS OF BUBBLE FORMATION PROCESS

Region |

Very low gas rates. In this regime, the bubble diameter
can be calculated by using Equation (1). The transition
gas flow rate below which this relation is valid can be ob-
tained as follows. Since a bubble of constant volume rises
at fixed velocity, the distance between the successive bub-
bles is inversely proportional to the frequency of forma-
tion, Thus, distance of separation can not be less than the
diameter of the bubbles formed. Hence, above a certain
transition gas flow rate, the total amount of gas can not be
transported by bubbles whose diameter is given by Equa-
tion (1). Above this transition gas rate (Figure 5), the
bubble size increases. This transition gas rate Qr is given

to T T T T

Water

0.10% Carbopol
0.15% Carbopol
0.20% Carbopol

0Oo> @0

1

Q (m®1/sec x 10°

Fig. 4. Bubble diameter vs. gas rate in region Il
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Fig. 5. Transition from constant volume to constant frequency bubble
formation,
40 T T
30 1
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dg /d, = 3.23 Re, " Fr]
Q
-
~ 20 N
©
o
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o] 5 10 15
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Fig. 7. Bubble diometer as a function of modified orifice Reynolds
number and Froude number.

by

Qr = %dgoz fr (14)
where

fT = Ugo/dg, (15)

The rise velocity Ug, of the bubble whose diameter is dg,
is given by Stokes’ relation

(423
Ugo = [
Bo 18 .

]d302 for ReB <1 (16)

and Mendelson’s relation

2 de. 05
UBO.—_[ + 8 B"] for Reg>>1 (17)
PL dBo 2
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do, /'LL’ PL' o,
PG! g

Calculate
dBo from EQ(!)

Calculate
ugo from EQ(I16)

Compute
ReB

If ReB<I 1f ReB >> |

QT QT
can be obtained c¢an be obtagined

from
EQ(19)

from
EQ(18)

Fig. 6. Procedure for cbtaining Qr.

Substituting these for Ug, and Equation (1) for ds, in
Equation (14), we can obtain the transition gas rate Qr as

ng(pL — p¢) [ 6o d, ]4""
= ' 1
O 108 glpL — pg) for Rep <
(18)
3/8
Qr = 0.38 g1/ [_._E;'.é°__] for Rep>>1
glpr — pc)

(19)

A procedure for calculating this transition gas rate Qr for
a given gas-liquid system and orifice diameter is illustrated
in Figure 6. These Equations (18) and (19) are the same
as those obtained by Van Krevelen and Hoftijzer (1950),
Equations (2) and (3). They derived those equations
with the assumption that bubble diameter given by Equa-
tion (1) should be the same as that given by Equations
(9) and (10), at the transitional gas rate Q.

Moderately high gas rates. For gas rates above those
obtained by Equation (18) or (19), the experimental data
obtained in this study (Figure 3) show that the bubble
diameter increases at a rate proportional to one third power
of gas rate and one tenth power of liquid viscosity. This
result, along with Equation (4), suggests that the fre-
quency of bubble formation is constant. These data are
correlated, as shown in Figure 7, in terms of modified ori-
fice Reynolds number Re,r, and orifice Froude number Fr,,
as follows:
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ds
do

= 3.23 Reor 9 Fr02t (20)

where
4 AL Q

Qo pp,

Fr, 15 g

Thus, bubble size in this regime can be obtained from
Equation (2) as a function of gas rate and liquid vis-
cosity. For low viscosity liquids, this relation (20) is in
good agreement with Equations (7) and (6) obtained by
Leibson et al. (1956) and Davidson (1951). For high
viscosity liquids, explicit design equations such as Equa-
tion (20) are not available. A qualitative comparison with
the implicit iterative solutions obtained by Davidson and
Schuler (1960b) and Kumar and Kuloor (1970) support
the one tenth power dependency of bubble diameter on
viscosity.

Reo, =

Region 1l

Experimental data obtained in a study suggest that be-
fore the onset of bubble breakup, bubble size in region II
can be safely assumed to be equal to the bubble size in
region I as shown in Figures 3 and 4. But with the onset
of bubble breakup, the mean bubble size in region II de-
creases with increase in the gas rate owing to turbulence
in the liquid as suggested earlier.

Turbulent Regime. Leibson et al. (1956) described this
regime as one where gas rate is sufficiently high for the
onset of turbulent flow of gas in the orifice.

As shown in Figure 4, for a liquid of apparent viscosity
0.8 N-s/m?, bubble breakup is absent even for Re, >
20 000 These observations suggest that bubble breakup
is not related to gas turbulence in the orifice but to liquid
turbulence in region II. Colored tracer studies clearly in-
dicated that liquid circulation rates are significantly lower
in high viscosity liquids as would be expected. This sug-
gests that in high viscosity liquids, absence of bubble
breakup is due to the absence of liquid turbulence, even
when the gas is turbulent in the orifice. To confirm this
hypothesis rather quantitatively, a simple liquid circulation
model is developed and the breakup phenomena inter-
preted in terms of this model.

Liquid Circulation Madel

Consider a gas sparged tank of diameter D and filled
with liquid up to a height of H. It is known that in many
such systems an overall liquid circulation develops, while
the dispersed gas phase coliects more or less in a concentric
zone (Rietema and Ottengraf, 1970). Denevers (1968)
observed strong circulation of water in an air sparged col-
umn and suggested it was caused by the density difference
between those parts which are rich with dispersed phase
and the parts which are poor. Towell et al. (1963) ob-
served that rising bubbles can cause intense turbulence
and mixing. They observed liquid flow downwards near
the walls and upwards near the center.

Let d be the diameter of an imaginary tube separating
the upflow and downflow zones as shown in Figure 8.
Steady state macroscopic energy balance for the gas phase
over the control volume shown in Figure 8 can be written
as
) dp

Al % u?] +A$—|—.f —+W+Ey=0 (21)
PG

s !

Neglecting the change in potential energy per unit mass
@ and the friction loss per unit mass Ey, we can express
the work done by the unit mass of the gas on the liquid as

— %2 dp
W=—f T+A[1/2U2]
G

P
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Fig. 8. Liquid circulation model.
RT
=— 2 pue-un (22)
M P2
Neglecting the velocity U, and relating U,% to orifice
velocity U, as suggested by Miller (1974), we obtain

— RT p U2

W= 2

M P2 2

where for air-water system 5 = 0.06. In general, the sec-

ond term is much smaller than the first term, and thus
the power input can be expressed as

RT
P=QPG'X[]I!§:'

Since p1 = p2 + prgH, power input can be expressed in
a more convenient form

P = Qu p1gH (25)

(23)

(24)

where
Qu=0Qp/ptm and Pry= !lﬁll;;

Steady state macroscopic energy balance for the liquid
phase over the control volume shown in Figure 8 can be
written as

A
A[%02]+A$+—?-+W+Ev=0 (268)

PL
Hence, the rate at which energy is lost is given by
1 1
A [?vz * pLAv ] + 2-2—va2 * Afv (27)
Thus, we obtain

1 1
QuprgH = { —2'I>L‘”d2013 - —2'131.‘"(1)2 — d¥) v’ }‘
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1
+ { —;-pL‘n'dH‘UlafI + —2—pL(D + d)ﬂ'UAsz } (28)

This can be rearranged as follows:

20mg _ 1 14
wd =vr 1 (2_1)2 H

(2+1) .

En

fi (29)

Newtonian Fluid
Laminar flow. For laminar liquid flow

pLod
AL
1. For f; >> d/H, Equation (29) gives

1/2
o7 = [_Q_Mgﬁ’“__] (30)
87"[‘-[.[" Ly

(F+1)
'z'*-l
Fpy=| 14 —g—r (31)

D2 3
(7—1)

2. For f; << d/H, Equation (29) gives

T 20mgH ]1/3
v = [ @ Fry (32)

FLzz[l—Ff:—l—jz-J (33)
2

3. For f; ~ d/H, Equation (29) gives

1]y oo £, 100 | _ 20
s|p,. 2 2 . =
o7 [ L + o | Fry o o (34)

v can then be obtained by solving the above cubic equa-
tion.

Turbulent Flow. Since Rep > 2000, for this case, fr
<< d/H. Hence the velocity is given by Equation (32).
These velocities can be expressed in terms of Reynolds
number of liquid in the inner tube as follows:

Laminar flow:

f= 16/Re; where Rep =

where

where

L fi>>d/H
3ge L2
Rey = [Q“iél’“_] (35)
8mu’F 1,
2. fi<<d/H
90yeHo, 3d 1173
Re, = [Lﬂ‘gaf’_L ] (36)
mpuF1,
Tubulent flow:

Same as Equation (36).

Non-Newtonian Power Law Fluid
Laminar flow. For laminar flow of a power law fluid

f = 16/Rey, gen (37)
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where
LY 12 - ndn )

i e N

For fi >> d/H, Equation (29) gives

Rey, gen —

_ [ ©mgeF(n) TJitn
”‘“‘[ 8akd'~"Fy, ] (39)
where
F(n):s[b,n:2 ] (40)
and
(F+1)
Fro,= |1+ (41)

(-1 (F-1)

For f; << d/H and for turbulent flow, the velocity is given
as betore by
20mgH ]1/3
= —— 42
o= [ 2o (42)
For fi ~ d/H, Equation (29) along with Equations (37)
and (38) gives

Dz“’[ﬂz%] + 011+"[FLD F

16k ] _ 20mg
(n)pLd" )
(43)
v; can then be obtained by solving the above equation,
where Fy,, is given by
7+1)
(7 +1

Frp =1+ (Dz )1+n (D )n (44)
—_— 1 =
d? d 1

These velocities can be expressed in terms of generalized
Reynolds number as follows:
Laminar flow:

for f[ >> d/H

1

(Qmg)2~"p 3di"~2F (n)3 ]m
Rey, gen = [ 45
€L, g (877FLp)2~nk3 ( )
for f[ << d/H
(20mgH)2~"[py, F(n)?] ]”3
en — 4
L [ (aF1y)2=" k3 dt—5n (46)

Turbulent flow:

Same as Equation (46). With the relations developed
thus far, the Reynolds number of liquid in the inner tube
can be calculated to check whether circulation is laminar
or turbulent.

Since the power input is given by

P = Qup gH (47)

and the volume of inner tube is given by

Vi= % d2H (48)
the power per unit volume of inner tube is given by
4
P _ 4Qwng (49)
Vi ad?

Now the mean bubble diameter in the inner tube can be
expressed in terms of power per unit volume following
Calderbank (1967)
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Table 3

Rey,

Q 01%  015%  02%
(m3/s) Water carbopol  carbopol  carbopol
1x 10-8 1.2 x 104 353 3.3 0.25

50 x 10—6 4.42 x 104 1627 112.5 24.3
100 x 10—¢6 5.57 x 10¢ 2131 208.5 54.7
150 x 10—¢6 6.37 X 104 2495 299.1 87.9
200 x 10—6 7.02 x 104 3747 386.4 123.1

o068 Co
daw = Cy [ ] 0
() e - 7o
Vi i
where

(54 ]n_l 1

Happ = K[ Fh F(n)

The constants C; and C; were obtained by fitting this re-
lation with the experimental data as shown by the dashed
lines in Figure 4 and were found to be C; = 0.7 and C; =

0.1, respectively:
0.6 0.1
4 [ Fapp ] (5 1)

dBM = 07
P \04 02 P
'VI‘ PL

Thus, in this section we have developed procedures for
calculating mean bubble size dgy in region II. It is to be
noted that in using the liquid circulation model to obtain
the constants C; and C; in Equation (50), the inner tube
diameter d is chosen to be equal to half the outer tube
diameter D. In general for uniform distribution of sparger
holes, d can be assumed to be equal to D/2, and D can be
obtained based on the cross-sectional area per orifice as

For nonuniform distribution of sparger holes, D should Le
chosen based on the specific design of the sparger. For
example, in the case of a ring sparger of diameter Dyg,
D can be obtained as ’

D=Dr— Ds (53)

The requirement for the validity of Equations (50) and
(51) is that the liquid Reynolds number should be suffi-
ciently high for the existence of inertial subrange in the
energy spectrum of turbulence. In other words, the scale
of the energy containing eddies should be much larger
than the scale of the energy dissipating eddies (Kolmog-
oroff scale). The ratio of the two scales can be expressed

as
1 dp ? [ P ]1/4
_")- - pr 7

where 1 is the scale of the energy containing eddies and
7 is the Koimogoroff scale. In the low viscosity liquids for
moderately high P/V, 1/7 is much greater than unity.
Since for the same P/V, 1/4 decreases with increasing
viscosity, the following criterion should be satisfied for
Equations (50) and (51) to be valid:

1
— =200
n

where the limit 1/% = 200 is chosen based on the results
of bubble sizes in 0.1% carbopol. For 1/4 < 200, even
if Rey is greater than 2 000, Equation (20) should be

(53a)

(53b)

AIChE Journal (Vol. 24, No. 3)

usec; to obtain the bubble diameter instead of Equation
(51).

The liquid Reynolds numbers calculated using Equa-
tions (35) and (36) for water and Equations (45) and
(46) for the carbopol solutions used in the present ex-
periments are shown in Table 3. It is clear from this table
that circulation was laminar for 0.15 and 0.29% carbopol
solutions over the range of gas rates studied (0 to 2 X
10—% m3/s), whereas circulation was highly turbulent in
the case of water. In the case of 0.1% carbopol, transition
from laminar to turbulent circulation occurs at a gas rate
of 4 X 1073 m3/s. Thus, the results of Table 3 along
with the experimental data shown in Figure 4 substantiate
the hypothesis that bubble breakup is related to the onset
of liquid turbulence. The experimental observation that
bubble breakup is absent for 0.15 and 0.2% carbopol
solutions is consistent with the model, since circulation
is laminar in both cases. The following conclusions can
be drawn from this analysis:

1. For laminar liquid circulation, bubble size in region
II can be assumed, for all practical purposes, to be equal
to the bubble size in region I, and bubble breakup is
absent.

2, For turbulent liquid circulation, bubble size in region
11 is determined by a balance between the dynamic forces
of the liquid motion induced by gas flow and. the surface
tension forces. Bubble breakup is directly related to liquid
turbulence rather than gas turbulence in the orifice.

8. Finally, at very high gas rates, bubble size reaches an
asymptotic value of 0.0045 m which is an experimentally
observed equiiibrium diameter (dpg) due to breakup and
coalescence.

With the addition of electrolytes or surfactants, the
equilibrium bubble diameter (dpg) due to breakup and
coalescence changes considerably. The effect of the elec-
trolytes is mainly due to electrical repulsive forces which
hinder coalescence between bubbles brought in contact by
liquid motions. Marrucci and Nicodemo (1967) found that
the mean bubble diameter in a sparged vessel is much
smaller in the presence of electrolytes. Robinson and Wilke
(1973) measured the gas-liquid interfacial area in the
presence of electrolytes and found that the interfacial area
per unit volume increases with increasing concentration of
the electrolytes. Zlokarnik (1977) also obtained similar
results with the addition of electrolytes. He further found
that addition of certain organic materials such as alcohols,
ketones, aldehydes, and acids also leads to similar enhance-
ment in the interfacial area.

On the other hand, Yagi and Yoshida (1974) have found
that addition of a surfactant (Tween 85) or an antifoam
agent (Dow Corning antifoam agent AF emulsion) leads
to a decrease in the overall kpa. Hence, in the presence of
electrolytes, surfactants, etc., the equilibrium bubble diam-
ter (dgpe) reported above could be much different from
0.0045 m,

PREDICTION OF kpa

From the present study and that of Miller (1974), it
is clear that bubble size varies considerably from the
bottom to the top of the vessel. Miller (1974) used a
geometric mean of the bubble diameters in regions I and
1I to predict the overall kra, and his calculated values of
kpa were found to deviate considerably from the experi-
mental values of kra. He empirically correlated his data
using the following correlation:

k €eX]
kp® = ——2P . — 1.9] dpp!97 (54)

L cale

Towell et al. (1963) also indicated these differences in
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Fig. 9. Jet interaction and definition of Hy.

regions I and II. They observed that the dispersion was
noticeably different near the sparger and that the differ-

ences disappear by one or two column diameters up the -

column. They also found that the holdup at the bottom of
the tank (region I) is low because of the larger bubbles
and jetting action of the gas, and further up the column
(region II) the holdup reaches a constant value where
larger bubbles and the jet have been eliminated by the
turbulence generated in the vessel.

If the driving force in regions I and II are equal to
each other and the overall driving force, then the kra
which characterizes behavior in the tank can be expressed
as a weighted mean of kra calculated in regions I and II

H H
kra = [?I—;T] kLar + [ 1-— -I_i] kpay (55)

where kpa; and kpa;; are values based on bubble size in
regions I and II and Hj is the height of region I. Figures
3 and 4 show that bubble diameters in regions I and II are
the same before the onset of breakup, and hence H; can
be assumed to be equal to Hr, the height of the tank.
With the onset of bubble breakup, H; will be less than
the height of the tank, and under these conditions gas
issues from the orifice in an apparent jet which disperses
further up the column owing to liquid turbulence, giving
rise to uniform dispersion in region II. Thus, region I can
be defined as the bottom portion of the tank where gas
jets are growing until they interact with the walls of the
tank in the case of single orifice, or with the other jets in

the case of multiple orifices, Hence, height of region I,
Hj, should be dependent on tank diameter and sparger
design (Figure 9).

If the apparent radius of the gas jet is defined as the
distance from the axis of the jet where jet velocity is half
the velocity at the jet axis, then the ratio of apparent
radius of the jet (7;) and the axial distance from the ori-
fice can be shown to be (Abramovich, 1963)

H 995 (58)
T3
Since Hj is defined as that distance x; for which r; is large
enough for the jet to interact with the walls or other jets,
H; depends on the sparger design. As sparger designs vary
considerably, procedures for calculating H; for certain spe-
cific sparger designs will be described below.
Case 1. For uniform distribution of sparger holes, cross-
sectional area per orifice is given by
Ar w/4 Dp?
Ay = — =
0 =5 N (57)
The diameter of zone of influence of a single orifice can
be estimated by

D
D, = \/iAo= _T_
w VN

Thus, height of region I, H;, will be that distance x; at
which r; is equal to D,/2; that is

D
H;= 225 —%
2N/N

Dr

(58)

(59)
= 1.125

Case 2. For nonuniform distribution of sparger holes, as
in the case of a ring sparger, H; should be the distance at
which the jets interact at the center of the ring; that is

D
H1=2.25—2§—

(60)
= 1.125 Ds

A design procedure for predicting the mean bubble size
in regions I and II and overall k.a based on the present
analysis for gas sparged vessels is given below, followed
by an example.

TaBLE 4
A 6od, J4/3 6ed, /3
L. Very low gas rates Q< Qr= ;;gs :L [ gApo ] forRep < 1 dg = [ gA: ]
6od, 75/6
= 0.32g1/2 [ for Rep >> 1
gap 4
II. Moderately high gas rates  Q > Qr and Rex < 2000 d—l-; = 3.23 [Re,]1 0 [Fro)*2!
° Equation (20)
II. Very high gas rates Rer, > 2 000 4
(i) Fordp | < dpm o8 —o0.1 0.21
Equation (20) | Equation (51) d, 3.23 [Re] [Frol
Equation (20)
(ii) Fords | > dam >dpg = 00045m 5 _ [ c08 ] [ #ap ]0-1
Equation (20) | Equation (51) BM = © (P/V1)04 pr02 P
Equation (51)

(iii) Fordpm

Equation (51)
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< dgg = 0.0045m

dpe = 0.0045m
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Fig. 10. Comparison of experimental and calculated values of kr.a.

DESIGN PROCEDURE

Design variables:
Gas rate Qm3/s
Orifice diameter dom
Gas and liquid densities p, pp Kg/m®

Liquid viscosity g N+ s/m?
Surface tension o N/m
Diftusivity D m?/s
Tank diameter Dm
Sparger diameter Dsm
Number of holes N —

Tank height Hm

Mean Bubble Diameter

1. Calculate Qr as shown in Figure 6. If Q < Qr, bub-
ble size can be obtained by Equation (1).

2. For Q > Qr, calculate Re,, using Equation (35) or
(45).

3. For Rer < 2000, bubble size can be obtained by
Equation (20), since bubble breakup is absent in this
case and H; = Hy.

4. For Re; > 2000, bubble size can be obtained by
either Equation (20) or (51), whichever is smaller [Equa-
tion (51) should be used only if 1/% = 200].

5. If bubble size obtained by Equation (51) is lower
than 0.0045 m, bubble size can be assumed to be constant
and equal to 0.0045 m.

6. The design equations for this procedure are listed in
Table 4,

Prediction of kra

1. The liquid phase mass transfer coefficient k. can be
obtained from the relation

k _ [ 4DuB ]1/2
L= U rds

2. The gas holdup can be estimated from

(61)
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Q, ¢, N, Dy, Hy
PLois o O

N
I Is &/n < ZOOMIS Re <2000 }'&—" dg = dpojea 20

A Yes Hy =Hy
No (Entire Tank)
is Region I
| calculate dml“,,l ]
No
Is dg > dgy 1_..__
l \
- No
| 15 dgu < dp=00045mp— RO
Yes
calculate calculate colculate
KL°: based on dg KLt'nI based on dg K_o based
Ky ey based ondg, K oy based on dg, on dg
calculate
My
overall
K.a = K, o [Hx/HT] +x agfi - Hx/HT] K a

Fig. 11. Design procedure.

guess dB

calculate Happ

Papp = K(Ug/dg)ll + Xp)

l

calculate dB

using equation (20)

NO 1

|5 da(quessed) = dB(coIculoted)

lYES

d

Fig. 12, Prediction of bubble size in power law fluids.
Us + Us

3. The terminal rise velocity of the bubbles Ug can
be estimated from Stokes’ relation or Mendelson’s relation

¢ (62)
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as given in Equations (18) and (17).
4. The interfacial area per unit volume a can then be
obtained from the relation
6¢

= 63
a % (63)

5. Thus, kra can be calculated from Equations (61)
and (63).

6. (kpa); for region I and (kra)y for region II can be
calculated using the bubble diameters obtained for regions
I and II in the mean bubble diameter.

7. Calculate height of region I H; using Equations (59)
or (60); for Re;, < 2 000, H; can be set equal to Hr.

8. The overall kra can then be calculated using Equa-
tion (55). Overall kpa calculated based on this resign pro-
cedure vs. kra obtained experimentally for various sizes
of tanks and various sparger designs, by Braulick et al
(1965). Towell et al. (1963), Yoshida and Akita (1965),
and Miller (1974), is shown in Figure 10, and the agree-
ment is good. The height of the region I for these tanks is
also shown in Figure 10. It can be seen that this height
(Hj) is quite significant compared to the height of the tank
in these lab size tanks. The design procedure is illustrated
in Figure 11.

In using Equation (20) to predict the bubble size in
power law fluids, an iterative procedure needs to be fol-
lowed. First, the bubble diameter should be guessed in
order to calculate the apparent viscosity [pap, = K (Up/
dg)"1(1 + Xp)]. The bubble diameter can then be cal-
culated by using this apparent viscosity in Equation (20).
This procedure can be repeated until the bubble diameter
guessed is equal to that calculated from Equation (20).
This procedure is illustrated in Figure 12.

EXAMPLE |

A 9.425 m? tank, 2 m in diameter and 3 m high, con-
taining water is sparged with air at a rate of 0.071 m?3/s.
It is equipped with a tree type of sparger, with forty-five
holes of diameter 0.48 X 102 m distributed uniformly
over the cross section of the tank. It is desired to predict
the overall k.a.

= 1.0 X 1073 N-s/m?

pr = 1.0 X 103kg/m?

o =727 X 1073 N/m

Gas rate per orifice, Q= 0.157 X 10~2m3/s

Orifice diameter, d, = 0.48 X 10~2m

Tank diameter, Dy = 2m

Tank height, Hr = 3 m

No. of sparger holes, N = 45

1. Calculation of Qg:
dpo [Equation (1)] = 0.598 X 102m
Ug, [Equation (17)] = 0.231m/s
Rep = 1 382

Since Reg >> 1
Qr [Equation (19)] = 0.323 X 1075 m?/s
2. Since Q > Qr, liquid Reynolds number should be
calculated,
Outer tube diameter, D [Equation (52)] = 0.30 m
Inner tube diameter, d (= D/2) = 0.15m
Liquid Reynolds number, Rer [Equation (36)] =
Rer, = 1.71 x 1073
3. Since Rer, >> 2 000, liquid circulation is turbulent.
Bubble diameter [Equation (20)]
dg =488 X 1072m
Bubble diameter [ Equation (51)]
dpy = 0.384 X 1072 m
4. Since dpy < dp and dpy < 0.45 X 10~2m:
Mean diameter inregion I dp = 4.88 X 10~2m
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Mean diameter in region II dpg = 0.45 X 1072 m
5. Now kpa can be calculated from Equations (61),
(62), and (63).

Region I
ki, = 0.0152 X 10~2m/s
¢ = 0.044

a=0.054 X 102m~1
[kra]r = 0.0082 s—1!

Region II
ky = 0.0345 x 10~2m/s
¢ = 0.0884

a=1178 X 107Z2m~!
[kLa]" = 0.0406 s

8. Height of region I [Equation (59)] H; = 0.335 m.

7. Overall kra [Equation (55)] = 0.0362 s~ 1.

It is clear from this example that intense mixing can be
achieved in low viscosity liquids by gas sparging only. This
example also shows that for low viscosity liquids, height
of region I (H;) in a commercial scale vessel is relatively
much smaller compared to a lab size vessel.

EXAMPLE I

Rework example I for the case when liquid viscosity is
10 p.

#, = 1.0 N-s/m?

pr = 1.0 X 10 kg/m

o ="T727 X 10783 N/m

Gas rate per orifice, Q = 0.157 X 10~2m?3/s

Orifice diameter, d, = 0.48 X 102 m

Tank diameter, Dr = 2 m

Tank height, Hr = 3m

No. of sparger holes, N = 45

1. Calculation of Qr:
dg, [Equation (1)] = 0.598 X 10~2m
Ug, [Equation (16)] = 1.95 X 10~2m/s
Reg = 0,117

Since Rep < 1
Qr [Equation (18)] = 1.44 X 10-8 m3/s
2. Since Q > Qr, liquid Reynolds number should be
calculated.

Outer diameter, D [Equation (52)] = 0.30 m

Inner diameter, d(= D/2) = 0.15m

Liquid Reynolds number, Re, [Equation (35)] =
102

3. Since Rer, < 2000, liquid circulation is laminar;
that is, bubble breakup is absent and height of region 1,
Hj, is equal to height of the tank.

Bubble diameter,
dg [Equation (20)] =9.74 X 1072m

4. kea can be calculated from Equations (61), (62),
and (63).

dg =9.74 X 1072 m

kr = 0.0128 X 10~2m/s
6 = 0.0316

kra = 0.00025 s—1

5. Height of region I, H; = Hy = 3m.

6. Overall kra [Equation (55)] 0.00025 s~ %,

This example shows that when the liquid viscosity is
very high, bubble breakup is absent and the region 1 ex-
tends throughout the tank, giving a very low overall kpa.
In the next example, a special situation will be illustrated
where Rey > 2 000, but Equation (53b) is not satisfied,
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EXAMPLE 111

A 22.0 m3 tank, 3.05 m in diameter and 3.05 m high,
containing a liquid of viscosity 1.5 is sparged with air at
rate of 0.444 m?/s. It is equipped with a tree type of
sparger with sixty holes of diameter 0.0127 m distributed
uniformly over the cross section of the tank.

#, = 0.15n's/m3

pr = 1.0 X 108 Kg/m?

=727 X 1073 N/m

Gas rate per orifice, Q = 0.74 X 10~2m3/s
Orifice diameter, d, = 1.27 X 10—2m
Tank diameter, Dy = 3.05m

Tank height, Hr = 3.05m

No. of sparger holes, N = 60

1. Calculation of Qy:

dgo [Equation (1)] = 0.83 X 10~2m
Usg, [Equation (17)] = 0.241 m/s
Reg = 13.3

Since Reg > 1
Qr [Equation (19)] = 7.41 X 108 m?/s
2. Since Q > Qg, liquid Reynolds number should be
calculated,

Outer tube diameter, D [Equation (52)] = 0.40 m

Inner tube diameter, d (= D/2) = 0.20 m

Liquid Reynolds number, Rer [Equation (36)] =
2100

3. Since Rey > 2000, liquid circulation is turbulent.
But since Rey, is not very large compared to 2 000, the cri-
terion [Equation (53b) ] should be checked.

4, The ratio of scales of turbulence 1/% [Equation
(532)] = 188. Since 1/9 < 200, Equation (51) is not
valid. Hence, as in example II, height of region I (Hj)
can be assumed to be equal to the height of the tank,

5. Bubble diameter,

dg [Equation (20)] = 13.9 X 10~2m,

6. kra can be calculated from Equations (61), (62),
and (63).

dg =139 %X 10~2m
ky = 0.012 X 1072 m/s
@ = 0,069

kra = 0.00035 51

Thus, this example shows a situation where the criterion
[Equation (53b)] needs to be checked.
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NOTATION
a = interfacial area per aerated liquid volume, m~?
A, = cross-sectional area per orifice, m?

C; and C; = constants in Equation (50)

d = imaginary inner tube diameter, m
D = imaginary outer tube diameter, m
ds = bubble diameter in region I, m
dge = equiibrium bubble diameter, m
dem = mean bubble diameter in region II, m
dpo = bubble diameter at very low gas rates, m
o = oriice diameter, m
D, = diameter based on cross-sectional area per ori-
fice, m
Ds = sparger diameter, m

AIChE Journal (Vol. 24, No. 3)

D7 = tank diameter,m

D = diffusivity, m?/s

f = frequency of bubble formation, s~*

fa = friction factor in the imaginary outer tube

fi = friction factor in the imaginary inner tube

fr = frequency of bubble formation at the onset of
bubble chain formation, s—1

g = acceleration due to gravity, m/s?

H; = height of region I, m

Hr = height of the tank, m

ky, = liquid phase mass transfer coefficient, m/s

M = molecular weight of gas

N = number of orifices

P = power input, N

Pry = logmean pressure, N/m?

P, = pressure at the sparger, N/m?

P, = absolute pressure, N/m?

Q = gas rate per orifice, m%/s

Qu = mean gas rate, m3/s

R = gas constant, N-m/Kg-mole°’K

r; = jetradius, m

Re, = orifice Reynolds number

T = temperature, °K

Us = bubble rise velocity, m/s

vs = liquid velocity in the imaginary annulus, m/s

vy = liquid velocity in the imaginary inner tube, m/s

V; = volume of the imaginary inner tube, m?

Xp = correction factor for Cp for power law fluids

x; = length of the jet from the orifice, m

Greek Letters

n = 0.08, fraction of jet energy transmitted to bulk
liquid
pg = gas viscosity, N-S/m?

pr = liquid viscosity, N*S/m?2
#L, app = K(Ug/dg)"~t(1 + Xp), apparent viscosity, N
S/m?

v kinematic viscosity, m2/s

pc = gas density, Kg/m?
py = liquid density, Kg/m?
o = surface tension, N/m
¢ = gas holdup
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Cold Flow Mixing Rate Data for
Pulverized Coal Reactors

VINCENT J. MEMMOTT

Mixing rates of particles and gases in confined, coaxial jets are reported and

for tests with conditions simulating those of pulverized coal gasification
and combustion processes. Gas velocity, particle mass flux, and gas com-
position were measured at various radial and axial locations downstream
of the primary jet exit plane. Effects of inlet velocity, density, injection
angle, particle loading level, and particle size on the rates of mixing were

L. DOUGLAS SMOOT

Department of Chemical Engineering
Brigham Young University
Provo, Utah 84602

determined. Increasing injection angle and secondary velocity significantly
increased gas and particle mixing rates, while effects of other variables
were much less significant. Dispersion of particles lagged that of the gas

in all cases investigated,

SCOPE

Many chemical processes involve the heterogeneous mix-
ing of gas and particulate phases. Examples of such
processes are fluidized, heterogeneous, catalytic systems;
pulverized coal combustors; entrained coal gasifiers; MHD
power generators; and air breathing missiles. A common
method of contacting the particles and the gases is to
inject them from separate jets into a mixing zone. The
jets may be free (exhausting into an unconfined environ-
ment) or confined by the walls of the system. Consider-
able effort has been expended to investigate mixing of
gaseous free and confined jets. Extensive literature re-
views of turbulent mixing in parallel systems have been
reported by Tufts and Smoot (1971), Harsha (1971),
Stowell and Smoot (1973), and Hedman and Smoot {1975).
Several experimental investigations have been conducted
at this laboratory to determine turbulent mixing charac-
teristics in parallel and nonparallel coaxial jet systems.
Smoot and Allred (1975) and Smoot and Fort (1976) have
reported particle and gas mixing data with nonparallel
injection, Smoot (1976) has summarized and correlated
the experimental turbulent mixing data previously ob-
tained at this laboratory together with data from several
independent investigations,

Only limited data have been reported for experimental
investigations, where the secondary-primary velocity ratio
was near unity or for jets containing particles. Both are
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characteristic of pulverized coal combustion and gasifica-
tion. Studies of Fejer et al. (1967), Beasley et al. (1970),
and Durao et al. (1973) consider a primary velocity near
that investigated in this study. However, these three
sets of tests were performed with air containing no trace
gas or particles, and only velocity data were reported.
Only Beasley (1970) considers a nonparallel system with
primary/secondary velocities of comparable magnitude,
but without particles. No studies have been located
where mixing with nonparallel injection was investigated
under conditions similar to this study.

The purpose of this research was to experimentally in-
vestigate the mixing characteristics of particle laden,
confined jets under conditions that would simulate in-
dustrial pulverized coal furnaces and entrained gasifiers.

Radial profiles for gas composition, particle mass flux,
and gas velocity were measured at various axial locations
in the mixing chamber. Effects of velocity, density, injec-
tion angle, particle loading level, and particle size on
the rates of particle and gas mixing were examined.

Air, argon, and silicon particles comprised the pri-
mary stream. The secondary air stream was heated with
an electric circulation heater. Mixing experiments were
conducted at two ratios of secondary to primary density
(0.6 and 0.8) and velocity (1.3 and 2.0). Tests were dlso
conducted at 0, 40, and 609, solids by weight in the
primary jet and with three different particle size dis-
tributions, Fifty five tests were completed, of which six
were conducted without particles.
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